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A continuous-effect membrane distillation (CEMD) process was developed by equipping air gap membrane distillation
(AGMD)-based and strictly-parallel hollow fiber module with internal heat recovery. Its performance was indicated by flux,
performance ratio and evaporation efficiency. Two kinds of CEMD modules made from different membrane fibers were
tested. A face-centered central composite experimental design was conducted to investigate the influences of operating
variables including cold-feed temperature, hot-feed temperature, and feed-in flow rate on the performance. Within the
studied experimental range, the maximum PR of 13.8 was obtained. A theoretical model based on governing transport
equations was established to predict the process performance, and the model described the experimental data fairly well. In
light of the model, possible ways to further increase PR were predicted. The dilute aqueous sugar solution was successfully
concentrated 12-fold to a final concentration of about 20 wt % by using CEMD process with a final PR of 8.2. VVC 2012
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Introduction

Membrane distillation (MD) is a hybrid of thermal distilla-
tion and membrane process in which evaporation of volatile
species (e.g., water) takes place at the interface between
aqueous feed solution and a hydrophobic microporous mem-
brane, and then vapors can pass through the micropores to
the other side of the membrane (permeate side) by convec-
tive or diffusive mechanism. The driving force for mass
transport of vapors is the difference in partial vapor pressure.
According to various operation modes employed on the per-
meate side to impose the pressure difference, MD process
can be divided into direct contact membrane distillation
(DCMD), air-gap membrane distillation (AGMD), vacuum
membrane distillation (VMD), sweeping gas membrane dis-
tillation (SGMD), and osmotic distillation (OD). Detailed
and extensive reviews on MD have been provided by Law-
son and Lloyd,1 Curcio and Drioli,2 and Khayet et al.3

A large amount of work has been performed in the last 25
years with regard to the aforementioned MD configurations.
Nonetheless, from a commercial standpoint, MD cannot yet
compete with the conventional multistage flash (MSF),
multiple effect distillation (MED), and reverses osmosis
(RO) despite its advantages, and is still not implemented at

industrial scale for separation of water from aqueous

solutions containing nonvolatile solutes. One of the biggest

barriers in the industrialization of MD process is the high-

thermal energy consumption required for evaporation, which

represents a large fraction of operation expenses. The ther-

mal energy efficiency of an evaporation-based separation

process such as MSF, MED and MD is commonly measured

as ‘‘performance ratio’’ (PR), whose definition is the quotient

of the amount of latent heat needed for evaporation of the

produced water and the amount of heat provided to the sys-

tem from an external energy source. A typical PR of MED

for desalination is about 8.0–16.0.4 Unfortunately, the value

of PR for any traditional MD process (no heat recovery/

recycle is employed) reported in literature is typically less

than 1.0.
In the most studied DCMD process, PR generally ranged

from 0.1–0.65 which varied with the membrane used.5–7

Under the same feed condition, higher vapor permeation and
PR were achieved for VMD when compared to DCMD.8

However, a drawback of VMD is that the permeate vapor
collection demands evacuation and high-condenser capacity.
Moreover, membrane wetting or leakage is also a grievous
problem due to large transmembrane pressure difference.
Because of low-thermal conductivity of the air gap, AGMD
can prevent the conduction losses greatly and, is, thus, with
a relatively high PR of 0.70–0.98,9,10 but the introduction of
the air gap and the extra cooling-wall increases the
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constructional complexity of the module and also the mass-
transfer resistance, which leads to generally lower flux than
that of DCMD under the same driving force.11 Unlike in
DCMD and VMD processes, hollow fiber modules are rarely
reported for AGMD process. The concept of strictly parallel
multiple hollow fibers-based AGMD process was first theo-
retically modeled by Chen et al.12

Triggered by recovery of the latent heat of condensation
in MSF and MED processes, heat recovery was also pro-
posed for MD process,13,14 where the latent heat released
during condensation was used to preheat the cold feed. Thus,
only a small amount of heat is needed to be supplied exter-
nally for the following evaporation. It is believed that the
realization of heat recovery in a MD process should be an
essential way to compete commercially with MSF, MED and
RO processes.

There are two strategies available to recover the latent
heat of condensation, i.e., external heat recovery and internal
heat recovery. External heat recovery was usually realized
by integrating DCMD with external heat exchangers. A
diagram for a hollow fiber-based DCMD module with an
external heat exchanger was first illustrated by Fane et al.15

Kurokawa and Sawa16 further found that the optimal PR in
their plate membrane-based DCMD system with heat recov-
ery unit was about 3.0. Gilron et al.17 pointed out that the
highest PR for a standalone cross-flow DCMD module with
external heat recovery would be no more than 2.2, and also
predicted that PR could potentially reach as high as 12.0 by
combining these modules into a countercurrent cascade as a
single block. Lee et al.18 further carried out experiments by
using cascades consisting of 2–8 DCMD stages in conjunc-
tion with heat exchangers. The highest reported experimental
value of PR was between 5.0 and 6.0.

Internal heat recovery was realized by inserting a heat
recovery unit within a single MD module. There exists an
interior condensation surface originally in an AGMD mod-
ule, thus, it naturally equips AGMD module with the func-
tion of internal latent-heat-recovery. The first AGMD mod-
ule in a ‘‘sandwich’’ embodiment with internal heat recovery
was patented by Henderyckxa in 1971.19 Gore et al.20 pro-
vided a spirally wound AGMD module with flat membranes,
and the PR could reach as high as 11.0 for desalination.
Koschikowski et al.21 have also reported the value of PR
ranged from 3.0–6.0 when a similar spiral wound module
which was thermally driven by solar energy was used.

Compared to flat membrane-based modules, hollow fiber-
based AGMD modules with internal heat recovery are pref-
erable due to their high-specific surface area. As early as in
1999, Guijt et al.22 presented a schematic of countercurrent
flow transmembrane evaporation module, which consisted of
several vertical membrane fibers with a cooling plate parallel
placed on both sides separated by air gap. Guijt et al.23 also
carried out experiments by using a cylindrical module con-
structed in the form of two concentric fibers with a well-
defined annular air gap. Hanemaaijer et al.24 patented one
AGMD embodiment to yield macroscopically countercurrent
flow pattern by connecting a number of cross-flow module
segments together, each of that was equipped with hollow
fibers arrays for both the feed and retentate stream. Further-
more, the Memstil

VR

process was developed which claimed
that the PR for desalination was in the range of 9–29.25

The aforementioned MD processes based on hollow fiber
modules by either external18 or internal24 heat recovery
show the characteristics of multiple-effect operation; there-

fore, the concept of multiple effect membrane distillation
(MEMD) is introduced as a term to describe the MD
processes in an operation mode of separate stages/effects
with a PR much more than 1.0. The objective of this study
is to develop a new kind of process also achieving a PR
much more than 1.0, which is based on the use of hollow
fibers-based AGMD module, and is operated in a strictly
countercurrent mode, capable of internal heat recovery. Such
a process has two distinct characteristics: (1) the evaporator
tubing (usually porous hydrophobic hollow fiber) is exactly
in parallel with the condenser tubing (nonporous hollow
fiber) so that the cold-feed and the hot-feed are strictly
countercurrent, and, thus, the condensation heat is recovered
at maximum; (2) unlike the discrete segments or cascades in
MEMD configurations, this simple once-through module in
reality has a continuum of stages/effects to achieve a high
PR value. Thus, to show its distinctiveness, this process is,
hereafter, called as continuous-effect membrane distillation
(CEMD). In this article, the experimental results are
presented for the performance evaluation of CEMD modules
made from different hollow fibers. Empirical and theoretical
models were also built to describe performance-operation
relations.

In cellulosic ethanol production, to resolve the contradic-
tion between the sugar concentration obtained in enzymatic
hydrolysis and that required for the following fermentation,
it is necessary to add a preconcentration unit between the
two steps. Zacchi and Axelsson26 found that the cost of pre-
concentration using a six-effect evaporator was still high,
mainly for expensive steam provided. In this article, the
CEMD process with a much higher PR value than the six-
effect evaporator also with a low-grade heat source was
applied to concentrate the dilute aqueous sugar solution 12
times.

Continuous-Effect Membrane Distillation
Technique

Description of CEMD process via MSF

As a comparison, MSF process is briefly described. Figure
1a shows the typical schematic of a conventional once-
through MSF unit, which consists of several consecutive
stages maintained at decreasing pressure. In each stage,
flashing occurs and the flashed vapor is condensed as distil-
late on the outside surface of the condenser tubing where the
feed stream flows. Thus, the feed is gradually heated by
the condensation vapor heat. The necessary heat input to the
feed stream is provided by an external heat exchanger.
Vacuum is usually required in MSF processes.

The configuration of the CEMD process is presented in
Figure 1b, which includes an AGMD module consisting of
strictly parallel evaporator fiber and condenser fiber with in-
ternal heat-exchanging function (thus, also called as CEMD
module), and an external heat exchanger. The cold feed
stream flows into the lumen side of nonpermeable hollow
fiber (thereafter called dense-wall fiber), whereby it is gradu-
ally warmed-up by condensation of the vapor on its outside
surface, then leaves the dense-wall fibers and enters into an
external heat exchanger to be further heated-up to a higher
temperature. Then the hotter feed goes back counter-cur-
rently into the lumen side of hydrophobic porous permeable
hollow fiber (thereafter called porous fiber), where the feed
evaporates and the vapor diffuses across the porous wall,
and then the air gap to the outside surface of dense-wall

AIChE Journal April 2013 Vol. 59, No. 4 Published on behalf of the AIChE DOI 10.1002/aic 1279



fiber, on which the vapor condenses while releasing the
latent heat to the adjacent cold feed stream. Driven by
gravitation, the condensed distillate film flows down in
countercurrent with the cold feed, which further leads to
the recovery of the perceptible heat of the distillate. Thus,
the cold feed becomes hot at the outlet of the dense-wall
fiber. The CEMD process is similar to that of once-
through MSF process rotated by 90� (see Figure 1c). The
configuration of CEMD is the miniature of MSF, and com-
bines the advantages of both MD and MSF into one com-
pact membrane module with an external heat exchanger.
When such a process is used for separation, boiling,
entrainment will not happen and vacuum is not necessarily
required as the porous hydrophobic membrane is used as
the evaporator.

The details of the aforementioned CEMD module are
illustrated in Figure 2a. Two sets of different hollow fibers,
i.e., dense-wall fibers and porous fibers are mixed well and
closely packed in parallel together inside a cylindrical shell.
In such an assembly, the space between the adjacent fibers is
filled with air. At each end, the fibers are split into two sepa-
rate bundles, each containing porous fibers or dense-wall
fibers, respectively, which are taken out through two exits at
each end of the shell, and potted with epoxy. Near the bot-
tom of the shell side, there is an exit as the distillate outlet.

Ideally, the bundle of fibers should be arranged in a way
that a porous fiber is immediately adjacent to a dense-wall
fiber, and, thus, a porous fiber is only surrounded by dense-
wall fibers and a dense-wall fiber is surrounded by porous
fibers.

Overall balances and calculation of performance
indicators

Figure 2b shows a schematic diagram of all flows entering
and leaving CEMD module operated with countercurrent pat-
tern. At the macroscopic level, the following equation can
be derived on the basis of overall energy and mass balances

WF � H3 þ WF � H1 ¼ WF � H2 þWD � HD

þ ðWF �WDÞ � H4 þ Qloss ð1Þ

where WF and WD (kg/h) are the mass flow rates of feed-in
stream and distillate, respectively; H1, H2, H3, H4 and HD (J/
kg) are the stream enthalpies at the inlet of dense-wall fibers,
outlet of dense-wall fibers, inlet of porous fibers, outlet of
porous fibers and outlet of distillate, respectively; Qloss (J/h) is
the external heat loss from the module to the surrounding.

Assuming the specific heat capacity Cp,l (J/kg��C), and
density q (kg/L) of the process stream (feed-in, feed-out and
distillate) are the same and constant when the feed is simply

Figure 1. Schematic plots of (a) a conventional MSF unit and comparison between, (b) CEMD process, and (c) MSF
unit rotated by 90�.
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pure water or very dilute aqueous solution, Eq. 1 can be
rewritten as

WF � ðH3 � H2Þ þWD � ðH4 � HDÞ � Qloss ¼ WF � ðH4 � H1Þ
(2)

q � F � Cp;l � ðT3 � T2Þ þ q � D � Cp;l � ðT4 � TDÞ
� Qloss ¼ q � F � Cp;l � ðT4 � T1Þ ð3Þ

or

T3 � T2

T4 � T1

þ D � ðT4 � TDÞ
F � ðT4 � T1Þ

� Qloss

qFCp;lðT4 � T1Þ
¼ 1 (4)

where F and D (L/h) are the volumetric flow rates of feed-in
and distillate, respectively; T1, T2, T3, T4 and TD (�C) are the
stream temperatures at the inlet of dense-wall fibers, outlet of
dense-wall fibers, inlet of porous fibers, outlet of porous fibers
and outlet of distillate, respectively.

When the CEMD module is ideally insulated and the heat
loss to the surrounding can be neglected, the third term on
the left side of Eq. 4 becomes zero. The value of TD, which
is certainly between T1 and T4, is usually more close to T1.

In a typical operation of CEMD process, the ratio between
D and F, which is defined as fractional recovery, R ¼ D/F,
is usually less than 9%. The second term on the left side of
Eq. 4 is thus certainly less than 9%; the first term on the left
side of Eq. 4 would be

0:91\
DTtop

DTbottom

¼ T3 � T2

T4 � T1

\1 (5)

where DTtop and DTbottom are the horizontal temperature
differences at the top and the bottom of the module,
respectively.

If the heat loss to the surrounding cannot be negligible,
there will be DTtop � DTbottom for small heat loss, and DTtop

[ DTbottom for large loss.
In a CEMD process, distillate flux, PR and evaporation ef-

ficiency are the most important performance indicators for
process evaluation.

The distillate flux is calculated by

JD ¼ D=Spi (6)

where JD is the volumetric distillate flux (L/m2�h), and Spi is
the effective evaporation surface area based on inner diameter
of the porous fiber.

The necessary heat input provided from the external heat
source via a heat exchanger to CEMD module, Qin, can be
calculated by

Qin ¼ WF � Cp;l � ðT3 � T2Þ ¼ qFCp;lðT3 � T2Þ (7)

Thus, PR can be written as

PR ¼ WD � DHv

Qin
¼ D � DHv

F � Cp;l � ðT3 � T2Þ
¼ R � DHv

Cp;l � ðT3 � T2Þ
(8)

where DHv (J/kg) is the evaporation heat of feed stream, which
is a function of temperature and feed composition. DHv can be
well thought of as the evaporation heat of pure water in this
study, and is expressed as follows22

DHv ¼ 2:2452 � 106 þ 2475ð373:0 � ðTðoCÞ þ 273:15ÞÞ (9)

The evaporation efficiency g, which is defined as the per-
cent of heat transferred in the form of mass, i.e.,

Figure 2. (a) Configuration of CEMD module, and (b) schematic diagram of all flows entering and leaving CEMD
module with countercurrent pattern.
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evaporation-condensation, in the total heat transferred from
the hot feed. Referring to Eqs. 1 and 3, g could be expressed
as

g ¼ WD � DHv

WF � H3 � ðWF �WDÞ � H4 �WD � HD

¼ WD � DHv

WF � H2 �WF � H1 þ Qloss

¼ D � DHv

F � Cp;l � ðT2 � T1Þ þ Qloss=q

(10)

When Qloss is negligible

g ¼ D � DHv

F � Cp;lðT2 � T1Þ
¼ R � DHv

Cp;lðT2 � T1Þ
(11)

PR and g are two indicators for efficiency of thermal
energy utilization, which, respectively, tell how much energy
is recovered by internal latent-heat-recovery and how much
energy is lost due to internal heat loss (conduction). For or-
dinary membrane distillation such as AGMD, DCMD and
VMD without heat recovery, the value of PR is equivalent
to that of g and less than 1.0.

Theoretical Approach

Basic assumptions

When it is tried to model CEMD process, some assump-
tions are necessary. First it is assumed that the packed hol-

low fibers are parallel, distributed uniformly within the shell.

Cylindrical hollow fibers could be ideally packed together in

a square or triangular arrangement.27 Schematics of possible

ideal packing arrangements for different number ratio of

dense-wall fibers to porous fibers (Nd/Np) in the cross section

are shown in Figure 3a–d, and s is the distance between the

centers of two adjacent fibers (same or different kind). Fig-

ure 3a and 3d indicate the square arrangements when Nd/Np
¼ 1 and Nd/Np ¼ 3. Figure 3b and 3c indicate the triangular

arrangements when Nd/Np ¼ 1 and Nd/Np ¼ 2. As shown in

each arrangement, both heat and mass are transported

through the air gap which is plotted in a darkly shaded part

from any one porous fiber located in its center to the adja-

cent dense-wall fibers, and also both heat and mass from the

adjacent porous fibers are transported through the air gap

which is plotted in a lightly shaded part to any one, two or

three dense-wall fibers located in its center. If the boundary

effect near the shell is further ignored due to large fiber pop-

ulation, the entire cross section could be divided into a series

of unit square, rectangle, hexagon, or rhomboid as shown in

Figure 3a–3d. No heat and mass exchange will take place

between one such unit, and the other contiguous units due to

symmetry. Considering a hypothetical circle embracing one

porous fiber, the air gap (darkly shaded part) exists as the

annular space created by the hypothetical circle (with the ra-

dius of re), and the outside surface of porous fiber (with the

radius of rpo), and so is the dense-wall fiber but with the hy-

pothetical outside radius of rdoNd/Np to obtain equal air gap

Figure 3. Possible ideal packing arrangements in the cross section of fiber populations and its hypothetical cell
unit.
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area (the lightly shaded part), as shown in Figure 3e. Thus,

the equivalent air gap thickness da, is defined as

da ¼ re � rpo (12)

Then the overall fiber populations could be modeled sim-
ply on one unit cell basis, which includes one porous fiber
with the outside radius of rpo, one dense-wall fiber with the
hypothetical outside radius of rdoNd/Np, and the hypothetical
air gap of da. There are Np unit cells in total.

Majumdar et al.28 gave the detailed geometrical method to
estimate da by considering the volume of the air gap, which
mainly depends on s, rpo and rdo. This method was success-
fully applied in other membrane processes.29,30 Noted that
this equivalent thickness was used based on the outer diame-
ter of porous fiber.

In view of the unit cell given in Figure 3e, the following
assumptions are also employed:

1. Operation is carried out under steady state.
2. Heat exchange between shell side and surrounding is

assumed to be zero.
3. An ideal plug flow model can be used for feed

stream in the lumen side of both fibers.
4. There is no concentration polarization in the lumen

side of porous fibers, which is nearly true when the feed is
pure water or dilute aqueous solution, fiber with small lumen-
side diameter is used, and the distillate flux is relatively small.

5. The vapor remains in phase equilibrium with the liq-
uid at each vapor-liquid interface.

6. The mechanism of mass transfer across the air gap is due
to molecular diffusion of vapor through stagnant air.9,10,12,22,31

7. The thickness of falling distillate film can be
neglected when compared with the air gap or the diameter
of dense-wall fibers.

8. An effective air gap thickness da, is assumed to exist
along the module length (axial direction) as well as at all ra-
dial locations in the fiber bundle.

9. The end effects inside the module are negligible.
10. The deformation of hollow fibers is negligible.

Governing differential equations

The governing equations which are established by heat
and mass balances over a differential volume with a length
of dz, as depicted in Figure 2b, are summarized later. All
heat and mass flows involved in this differential volume are
indicated in Figure 4.

Equations for hot feed in the porous fiber lumen, for fall-
ing distillate film and for cold flow in the dense-wall fiber
lumen are

dWh

dz
¼ �qJ � Np � 2prpi (13)

Cp;l
dðWhThÞ

dz
¼ � dQh

dz
¼ �qh � Np � 2prpi (14)

dWf

dz
¼ qJ � Np � 2prpi (15)

Cp;l
dðWfTf Þ

dz
¼ dðQh � QcÞ

dz
¼ ðqh � qcÞ � Np � 2prpi (16)

dWc

dz
¼ 0 (17)

Cp;l
dðWcTcÞ

dz
¼ � dQc

dz
¼ �qc � Np � 2prpi (18)

Figure 4. Heat and mass transfer over a differential volume with a length of dz in one unit cell basis.
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B:C: : Wh;z¼0 ¼ WF ¼ qF; Th;z¼0 ¼ T3;

Wf ;z¼0 ¼ 0;Wf ;z¼0Tf ;z¼0 ¼ 0;

Wc;z¼l ¼ WF ¼ qF; Tc;z¼l ¼ T1

where J (L/m2�h) is the radial distillate flux at any location. qh
(J/m2�h) and qc (J/m2�h) are the radial heat-transport fluxes from
the hot feed to the falling distillate film and from the falling
distillate film to the cold flow at any location, respectively.

Equations 13–18 can be numerically solved to obtain the
distribution of Th, Tc and Wf along the length of module once
the radial mass and heat-transport fluxes J, qh, and qc are
expressed as the function of radial temperature difference.

Equations for radial heat transfer

Temperature varies not only along the axial direction but
also in the radial direction. Six resistances in series involv-
ing in heat transfer between hot feed and cold feed are con-
sidered. These resistances are (1) resistance of boundary
layer in the lumen side of porous fiber (Rh

H), (2) resistance
of porous wall filled with air (Rp

H), (3) resistance of air gap
in the shell (Ra

H), (4) resistance of condensed distillate film
(Rf

H), (5) resistance of dense wall (Rd
H), and (6) resistance of

boundary layer in the lumen side of dense-wall fiber (Rc
H).

The heat and mass balances are also formulated below in
each of the aforementioned six regions. In all enthalpy cal-
culations, liquid water with a temperature of 0�C is taken as
reference state for each process stream.

1. Within the lumen side of porous fibers qh can be
expressed as

qh ¼ qJCp;lThp þ 3600 � hhðTh � ThpÞ (19)

where hh (W/m2��C) is the local heat-transfer coefficient for
hot flow in the lumen side of porous fibers.

2. At a location with a radius r (rpi � r � rpo) within the
porous wall

qh � rpi ¼ qJCp;lThp � rpi þ qJDHvðThpÞ � rpi

þ qJCp;vðTr � ThpÞ � rpi � 3600 � kpe
dTr
dr

� r ð20Þ

For steady state, no accumulation of heat will occur, qh is
constant, and, thus

dqh
dr

¼ 0 (21)

Combining Eq. 20, and being with the boundary
conditions

B:C: : r ¼ rpi; Tr ¼ Thp; r ¼ rpo; Tr ¼ Tpa

qh can be further expressed as32

qh ¼ qJCp;lThp þ qJDHvðThpÞ þ
qJCp;vðThp � TpaÞ

ðrporpiÞ
qJCp;vrpi
3600kpe � 1

(22)

where kpe (W/m��C) is the effective thermal conductivity of
porous fiber wall which can be calculated by
kpe ¼ eka þ ð1 � eÞkp.18,33

3. At a location with a thickness d (0 � d � da) within
the air gap

qh � rpi ¼ qJCp;lThp � rpi þ qJDHvðThpÞ � rpi

þ qJCp;vðTr � ThpÞ � rpi � 3600 � ka
dTd
dd

� rpo ð23Þ

Similarly

qh ¼ qJCp;lThp þ qJDHvðThpÞ þ qJCp;vðTpa � ThpÞ

þ qJCp;vðTpa � Taf Þ

e
qJCp;vrpida
3600karpo � 1

ð24Þ

4. Within the condensed film qc can be expressed as

qc ¼ 3600 � hf ðTaf � TfdÞ �
Ndrdo
Nprpi

(25)

where hf (W/m2��C) is the local heat-transfer coefficient for
the condensed film. For the condensation of pure water
vapors on the outside surface of the dense-wall fibers and
falling down as laminar flow, hf can be expressed as34,35

hf ¼ ð2k
3q2gNdprdo

3lWf
Þ1=3

(26)

where k (W/m��C) and l (Pa�s) are thermal conductivity and
viscosity for condensed distillate, respectively.

5. At a location with a radius r0ðrdi � r0 � rdoÞ within
the dense wall

qc ¼ 3600 � kdðTfd � TdcÞ
rpilnðrdordiÞ

� Nd

Np
(27)

6. Within the lumen side of the dense-wall fibers

qc ¼ 3600 � hcðTdc � TcÞ �
Ndrdi
Nprpi

(28)

where hc (W/m2��C) is the local heat-transfer coefficient for
cold flow in the lumen side of dense-wall fibers.

Radial transport equations for mass transfer

Only two resistances involving in mass transfer are con-
sidered, which correspond to (1) resistance of porous wall
(Rp

M), and (2) resistance of air gap (Ra
M), respectively.

1. Mass transfer across the porous wall.
The radial distillate flux can be written as a linear function

of the vapor pressure difference36

qJ=3600 ¼ pw;hp � pw;pa
Rp
M

� dp
rpilnðrpo=rpiÞ

¼ Kpðpw;hp � pw;paÞ

(29)

where dp is the thickness of the porous wall. pw,hp is the
water vapor partial pressure at the interface between hot
feed and porous fiber, which can be described as a function
of temperature P(Thp) from the Antoine equation1
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PðTÞ ¼ exp 23:1964 � 3816:44

�46:13 þ ðT þ 273:15Þ

� �
(30)

Rp
M can be described by a combination of molecular diffu-

sion, Knudsen diffusion and Poiseuille flow. Because the
CEMD process is operated under atmosphere and also below
100�C, the contribution of Poiseuille flow can be neglected.
The mean free path of water vapor (ca. 0.11 lm at the typi-
cal membrane temperature of 40–90�C), and the mean pore
diameter of used membrane (ca. 0.2 lm) are of the same
order. Therefore, both molecular and Knudsen diffusion
should be taken into account.

The molecular diffusion resistance of water vapor although
the stagnant air in the porous wall can be written as36

ðRp
MÞMD ¼ sRðTp þ 273:15Þdpppln

eDwaðTpÞp0Mw

(31)

where Dwa(Tp) is diffusion coefficient of water vapor in
air which depends on temperature and can be estimated
by DwaðTÞ ¼ 1:895 � 10�5ðT þ 273:15Þ2:072

,5 ppln is the log-
arithm mean of the air pressure at both sides of the porous
fiber at any location, and Tp is the average temperature
across the porous fiber at any location, Tp ¼ (Thp þ Tpa)/
2, �C.

The Knudsen diffusion resistance of water vapor through
the porous wall by a series of molecular-wall collision can
be written as36,37

ðRp
MÞKn ¼

3sdp
dpe

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
pRðTp þ 273:15Þ

8MW

s
(32)

Thus, Rp
M in Eq. 29 can be summarized as below by elec-

trical circuit analogy

Rp
M ¼ ðRp

MÞMD þ ðRp
MÞKn (33)

2. Mass transfer across the air gap.
Molecular diffusion of vapor through the stagnant air gap

is known as Stefan diffusion and is given by9

Nw � rpi ¼
qJ

3600Mw
� rpi ¼ �D

dcw
dd

� rpo þ xwðNw þ NaÞ � rpi

(34)

where Nw and Na (mol/m2�s) are the radial mole fluxes for
water vapor and air, respectively. cw (mol/m3) and xw are the
concentration and mole fraction of water vapor, respectively.

For Na ¼ 0 and ideal gas cw ¼ pwR (T þ 273.15), Eq. 34
becomes

qJ=3600 ¼ � p0DðTdÞMw

Rðp0 � pw;dÞ
� dðpw;d=ðTd þ 273:15ÞÞ

dd
� rpo
rpi

(35)

B:C: : d ¼ 0; pw ¼ pw;pa; d ¼ da; pw ¼ pw;af ¼ PðTaf Þ

Actually, Td varies with d and the relation is approxi-
mately linear. For the convenience of calculation, Td in Eq.
35 is substituted by the arithmetic mean temperature in the
air gap Ta ¼ (Tpa þ Taf)/2.33 Thus

qJ=3600 ¼ p0DwaðTaÞMw

daRðTa þ 273:15Þ ln
p0 � pw;af
p0 � pw;pa

� �
rpo
rpi

¼ Kaðpw;pa � pw;af Þ ð36Þ

Numerical methods

Governing Eqs. 13–18 along with radial transport Eqs. 19,
22, 24, 25, 27–29, and 36 constitute a set of 14 nonlinear
coupled ordinary differential equations (ODEs).To numeri-
cally solve the aforementioned equations, the length of mod-
ule is divided into n slices as depicted in Figure 5a, and
each slice has a step length of l/n. A step length of around
2.5 lm is sufficient for the inaccuracy of results less than
0.01%. Th and Tc could be considered constant within each
slice. For the first slice, Th,1st ¼ Th,z ¼ 0, and an initial guess
of Tc,z ¼ 0 (T2) is required so Tc,1st ¼ Tc,z ¼ 0. Similarly at
the ith (1 � i � n) slice, Th,ith ¼ Th,z¼(i-1)l/n and Tc,ith ¼
Tc,z¼(i-1)l/n. The temperature of distillate leaving from the ith
slice (Tf,z¼il/n), as depicted in Figure 4, follows directly from
Taf,ith and Tfd,ith. Thus, Tf,z¼il/n can be derived as the arithme-
tic average

Tf ;z¼il=n ¼ ðTaf ;ith þ Tfd;ithÞ=2 (37)

Once Th,ith and Tc,ith are known, Eqs. 19, 22, 24, 25, 27–
29 and 36 along with Eqs. 15, 16 and 37, which are used to
correlate the relationship between qh and qc can be manipu-
lated to yield a set of 11 nonlinear equations for each of fol-
lowing 11 unknown variables qh,ith, qc,ith, Jith, Thp,ith, Tpa,ith,
Taf,ith, Tfd,ith, Tdc,ith and pw,pa,ith, as well as flow rate and tem-
perature of the distillate leaving from the ith slice Wf,z¼il/n

and Tf,z¼il/n. Since Jith, qh,ith and qc,ith are known, Eqs. 13,
14, 17 and 18 could be solved for Th,z¼il/n (¼ Th,(iþ1)th) and
Tc,z¼il/n (¼ Tc,(iþ1)th). Calculation is continued slice by slice.
At the last slice, the obtained Tc,z¼l is compared with the set
boundary condition (T1). If the difference is greater than the
maximum acceptable one (determined as 0.008�C), a new
initial guess of Tc,z ¼ 0 (T2) is performed and the calculation
of iteration proceeds until Tc,z¼l satisfies the convergence cri-
teria. JD is obtained by

JD ¼ Wf ;z¼l=Spi ¼
Xn
i¼1

Jith

 !
=n (38)

A simulation program was developed with Matlab
VR

(ver-
sion R2010a, MathWorks, Inc., USA). The calculation
scheme for modeling of the CEMD process and the used
built-in routine in Matlab

VR

are presented in Figure 5b.

Experimental

Membrane, modules and heat exchangers

Two modules with different types of membranes were
used. The porous PP membrane fibers were from Accurel
MEMBRANA (Wuppertal, Germany): they were identified
as PP Q3/2 and PP 150/330. The dense-wall PP fibers were
provided by Chembrane Engineering and Technology, Inc.,
Tianjin, China. Two modules, Module 1 and Module 2, were
fabricated at Chembrane Engineering and Technology, Inc.,
Tianjin, China. Geometric characteristics of two modules
and three types of fibers are listed in Table 1. The
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configuration parameters for each module were decided arbi-
trarily just to illustrate this process. Three external heat
exchangers, HX1, HX2 and HX3 provided by Chembrane
Engineering and Technology, Inc., Tianjin, China, were built
out of dense-wall PP fibers, which are the same with ones
that were used in CEMD modules.

Experimental setup

The experimental setup is schematically depicted in Figure
6. The module was placed vertically during the operation,
which had been pressure-tested by pure water to assure no
leakage. Aqueous solution of 0.2 wt % NaCl with the con-
ductivity of around 3,000 lS/cm was used as a feed solution
whose vapor pressure is approximately equal with that of
pure water. The salt in the feed solution mainly acts as a
tracer. Therefore, we could check any leakage in the module
or the external heat exchangers during the experiment by
detecting the conductivity of the distillate. The feed solution
was prepared in the thermostat A (Scientz Biotechnology,
Ltd., Ningbo, China), which maintained a constant tempera-
ture at 25–45�C within �0.1�C. It was then introduced to the
inlet of dense-wall fibers by a magnetic chemical resistant
centrifugal pump (Speedmind Electro-mechanical, Ltd., Hong
Kong, China), and the circulation rate was controlled by a ro-
tameter with a maximum capacity of 54 L/h, which was also
calibrated by using a stop watch and measurement cylinder.
The feed solution at the outlet of dense-wall fibers went
through the lumen side of two external heaters (HX1 and
HX2) in series, and meanwhile was countercurrently heated
by hot water from thermostat B (Scientz Biotechnology, Ltd.,
Ningbo, China). The inlet temperature of the porous fibers
was kept constant at 70–90�C within �0.1�C by manipulating
the temperature setting of thermostat B and flow rate of hot
water through the shell side. The position of the exit of the

tubing connected to the outlet of the porous fibers was lifted
to a level as high as the top of the module to assure that the
lumen of all the porous fibers could be fully filled with solu-
tion. After leaving the module, the feed was allowed to flow
although the lumen side of another external heat exchanger
(HX3) and was countercurrently cooled by the cold water

Figure 5. Calculation scheme for simulation of CEMD process.

Table 1. Details of the Fibers, Modules Used
for CEMD Process

Particulars Module 1 Module 2

Effective length of module, l (m) 0.62 1.07
Shell inside diameter, ds (mm) 35 35
Support porous fiber type PP Q3/2 PP 150/330
Number of porous fibers, Np 310 564
Porosity, e 0.75* 0.65‡

Average pore size, dp, lm 0.20** 0.20**
Tortuosity, s 2.0* 2.0*
Inner diameter of porous

fibers, dpi (mm)
0.6** 0.33**

Wall thickness of porous
fibers, dp (mm)

0.2** 0.15**

Number of dense-wall fibers, Nd 620 846
Inner diameter of dense-wall

fibers, ddi (mm)
0.38** 0.38**

Wall thickness of dense-wall
fibers, dd(mm)

0.05** 0.05**

Effective evaporation surface
area, Spi (m2)

0.362 0.625

Effective condensation surface
area, Sdo (m2)

0.604 1.421

Nd/Np 2:1 1.5:1
Sdo/ Spi 1.67 2.27
Packing density, u 0.38† 0.35†

*From Ref. 37.
**From manufacturer.

†The packing density (u) is calculated from u ¼ ðNpd
2
po þ Ndd

2
doÞ=d2

s .
‡From Ref. 7.
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from a chiller (Xutemp, Ltd., Hangzhou, China), and then
flowed back into the thermostat A.

Insulation of the module body and feed-carrying-tubings
could effectively form a heat conduction barrier between
the system and the surrounding. The temperatures of the
feed solution at four points (two inlets and two outlets)
were measured with Pt100 thermometers (Cole-Parmer,
Vernon Hills, USA). After calibration their mutual devia-
tion was less than 0.1�C. The inlet pressure of both fibers
was monitored by pressure gauges (0–0.1 MPa). The inlet
pressure of porous fibers is particularly assured no more
than 0.1 MPa (gauge pressure) to avoid membrane wetting.
After the whole system was running at steady state, the dis-
tillate permeation rate was measured by a volumetric cylin-
der read every 6–10 min.

Each experiment was repeated at least twice under the
same operational condition, the data reported being the aver-
age values.

Experimental design

There are three independent process inputs: T1, T3 and F.
The provided heat source is below 95�C. The operational
conditions in this study were carried out as below: T1 was
preset at a value between 25–45�C. T3 was preset at a value
between 70–90�C. The range of F was preset at a value
between 16–48 L/h.

Considering the interaction effect between the inputs,
response surface method (RSM) can be used to find the rela-
tionship between responses and inputs by experimental
design, which was successfully applied to the DCMD,
AGMD and OD processes.38–40 In this study, the face-cen-
tered central composite design, a cubic design, was chosen
for selecting experimental points in the region of interest.
For three variables T1, T3 and F were coded according to the
following equations

Z1 ¼ T1 � 35

10
;Z2 ¼ T3 � 80

10
;Z3 ¼ F� 32

16
(39)

The coded and real levels of the independent operating
variables are listed in Table 2. The designation of experi-
mental points, analysis of variance (ANOVA), and RSM
regression were carried out by Minitab

VR

(version 15, Mini-
tab, Inc., USA).

Experimental procedure for concentration of dilute
aqueous sugar solution

When concentrating the aqueous sugar solution, the feed
was prepared in a 12 L reservoir instead of thermostat A, as
a large amount of water loss during concentration cannot
guarantee that the heating coil in the thermostat is always
immersed in the solution. The inlet temperature of dense-
wall fibers was adjusted by both the preset temperature of
the chiller and the flow rate of the cooling water. The initial
concentration of artificial cellulosic hydrolysate is 12 g/L
glucose and 6 g/L xylose.

The concentrations of glucose and xylose in the distillate
and feed reservoir were determined by a HPLC system
(2515 pump and 2410 refractive index detector,Waters,

Figure 6. Schematic diagram of the experimental setup for CEMD process.

Table 2. Independent Variables and Their Values
for Face-centered Central Composite Design

Variable

Real values of
coded levels

�1 0 þ1

Inlet temperature of dense-wall
fibers, T1(

�C)
25 35 45

Inlet temperature of porous fibers, T3(
�C) 70 80 90

Circulation rate, F (L/h) 16 32 48
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USA) using a Biorad Aminex HPX-87H column (Biorad,
Hercules, USA) at 65�C with 5 mmol H2SO4 as the mobile
phase at a flow rate of 0.6 mL/min.

Results and Discussion

System performance and response surface analysis

The experimental results of performance indicators with T1,
T3 and F for both modules using 0.2 wt % NaCl aqueous so-
lution as the feed by a face-centered central composite design
are shown in Table 3. In all cases, the conductivity of distil-
late was under 3 lS/cm, i.e., the rejection factor is higher
than 99.9%, which was independent on operating conditions.
As shown in Table 3, the flux varied between 1.49–9.20 L/
m2�h for Module 1, and between 0.934–5.77 L/m2�h for Mod-
ule 2 over the studied experimental range. Fractional recovery
for both modules was around 2.8–8.4% (\9%), which
increases with the increase of T3 and with the decrease of T1

and F. The experimental data of DTtop were in the range of
3.2–16.8�C for Module 1, and 2.1–9.6�C for Module 2. The
PR calculated by Eq. 8 reached a value of 1.64–8.04 for Mod-

ule 1 and 3.22–13.8 for Module 2. The evaporation efficiency
calculated by Eq. 11 ranged from 0.702 to 0.916 and 0.731 to
0.947 for Module 1 and Module 2, respectively. These high
values of PR and g have shown the advantages of CEMD
process. In general, Module 1 has a larger flux, and Module 2
has a higher PR under the same operation condition.

Using the aforementioned 20 runs given in Table 3, a sec-
ond-order polynomial regression for output (JD or T2) and
inputs (T1, T3 and F) relation was also established as the fol-
lowing (in terms of coded levels)

JD ¼ b0 þ b1Z1 þ b2Z2 þ b3Z3 þ b12Z1Z2 þ b13Z1Z3

þ b23Z2Z3 þ b11Z
2
1 þ b22Z

2
2 þ b33Z

2
3 ð40Þ

T2 ¼ c0 þ c1Z1 þ c2Z2 þ c3Z3 þ c12Z1Z2 þ c13Z1Z3 þ c23Z2Z3

(41)

Multiple regression coefficients were obtained using a least-
squares technique. ANOVA is summarized in Tables 4 and 5
for the two regression equations. A large absolute t value and

Table 3. Experimental Results of Face-centered Central Composite Experimental Design

Standard
order

Response

Input factors Module 1 Module 2

T1(
�C) T3(

�C) F(L/h) JD(L/m2�h) R T2(
�C) PR g JD(L/m2�h) R T2(

�C) PR g

1 25.0 70.0 16.0 2.155 4.9% 63.1 3.98 0.721 1.36 5.3% 66.0 7.49 0.731
2 45.0 70.0 16.0 1.49 3.4% 66.8 5.89 0.864 0.934 3.6% 67.9 9.71 0.891
3 25.0 90.0 16.0 3.53 8.0% 81.0 4.94 0.795 2.14 8.4% 85.3 9.93 0.774
4 45.0 90.0 16.0 2.96 6.7% 85.4 8.04 0.916 1.85 7.2% 87.1 13.80 0.949
5 25.0 70.0 48.0 5.23 3.9% 56.5 1.64 0.702 3.75 4.9% 61.5 3.23 0.753
6 45.0 70.0 48.0 3.71 2.8% 63.8 2.52 0.830 2.54 3.3% 66.1 4.69 0.875
7 25.0 90.0 48.0 9.20 6.9% 73.2 2.29 0.797 5.77 7.5% 80.4 4.32 0.754
8 45.0 90.0 48.0 7.34 5.5% 79.9 3.02 0.873 4.80 6.3% 84.6 6.41 0.871
9 25.0 80.0 32.0 5.26 6.0% 68.5 2.89 0.764 3.24 6.3% 72.9 4.99 0.740
10 45.0 80.0 32.0 4.04 4.6% 73.1 3.67 0.902 2.50 4.9% 76.1 7.04 0.872
11 35.0 70.0 32.0 3.43 3.9% 62.2 2.79 0.799 2.23 4.4% 65.5 5.47 0.799
12 35.0 90.0 32.0 6.14 6.9% 79.8 3.77 0.858 3.72 7.3% 84.1 6.82 0.820
13 35.0 80.0 16.0 2.59 5.9% 73.5 5.03 0.849 1.65 6.4% 76.6 10.60 0.864
14 35.0 80.0 48.0 6.29 4.7% 68.1 2.22 0.796 4.30 5.6% 73.3 4.66 0.815
15 35.0 80.0 32.0 4.64 5.2% 70.9 3.21 0.814 2.95 5.8% 74.8 6.21 0.808
16 35.0 80.0 32.0 4.69 5.3% 70.8 3.21 0.825 2.94 5.7% 74.9 6.28 0.803
17 35.0 80.0 32.0 4.80 5.4% 71.1 3.40 0.837 3.10 6.1% 75.0 6.76 0.844
18 35.0 80.0 32.0 4.64 5.2% 71.3 3.36 0.805 2.90 5.7% 75.2 6.58 0.786
19 35.0 80.0 32.0 4.79 5.4% 70.7 3.24 0.845 2.98 5.8% 74.9 6.37 0.814
20 35.0 80.0 32.0 4.68 5.3% 70.9 3.24 0.821 2.96 5.8% 74.6 5.97 0.814

Table 4. Coefficients Corresponding to RSM Regression for JD

Coefficient

Module 1 Module 2

Value t-value P-value* Value t-value P-value

b0 4.708 173.50 \0.0001 2.969 173.18 \0.0001
b1 �0.584 �23.38 \0.0001 �0.364 �23.05 \0.0001
b2 1.316 52.70 \0.0001 0.747 47.34 \0.0001
b3 1.905 76.30 \0.0001 1.323 83.86 \0.0001
b12 �0.031 �1.10 0.2982 0.047 2.67 0.0237
b13 �0.268 �9.61 \0.0001 �0.183 �10.38 \0.0001
b23 0.594 21.30 \0.0001 0.323 18.32 \0.0001
b11 �0.060 �1.27 0.2345 �0.096 �3.18 0.0098
b22 0.075 1.57 0.1473 0.009 0.31 0.7642
b33 �0.270 �5.68 0.0002 0.009 0.31 0.7642
R2 0.999 0.999
Predicated R2 0.9981 0.992
Adjusted R2 0.9887 0.9975
Lack of fit 0.349 0.9948
Regression \0.0001 \0.0001

*P\0.001: highly significant; 0.001�P\0.01: significant; P�0.01: non-significant.
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a small P value for each coefficient would indicate its signifi-
cant effect on the response. From Tables 4 and 5, it is
observed that for both modules the factors with high-signifi-
cant effect on the flux are F, T3 and T1, followed by the inter-
actions between T3 and F, and at last the interaction between
T1 and F. The interaction between T3 and F increases the
flux, while the interaction between T1 and F decreases the
flux. The variables with high-significant effect on T2 for both
modules are T3, F and T1, followed by the interaction between
T1 and F. The regression equations to predict JD and T2 were
quite highly significant (P \ 0.0001), and suitable as indi-
cated by the lack of fit analysis (P � 0.01: nonsignificant rela-
tive to the pure error). The coefficient of determination (R2),
adjusted coefficient of determination (adjusted-R2), and pre-
dicted coefficient of determination (predicated-R2), were all
[0.98, indicating the quadratic equations were adequate to
predict the corresponding experimental data.

The contour-line plots for JD and PR predicted by regres-
sion equations are shown in Figure 7 for Module 1 and Figure
8 for Module 2. It is obvious that performance of both mod-
ules shows the same monotonic behavior with the change of
operating variables. It can be seen that JD increases with the
increase of either T3 or F, and decreases with the increase of
T1. PR increases with the increase of either T1 or T3, and
decreases with the increase of F. The trends are the same
with other modules or processes with heat recovery.14,17 There
exists a tradeoff between JD and PR, that is, there is no cer-
tain operating condition to obtain the maximum of both PR
and JD. In the studied condition range, the predicted maxi-
mum JD was achieved under T1 ¼ 25�C, T3 ¼ 90�C, and F
¼ 48 L/h, with a value of 9.15 L/m2�h for Module 1 and 5.78
L/m2�h for Module 2. The maximum PR was obtained under
T1 ¼ 45�C, T3 ¼ 90�C, and F ¼ 16 L/h, with a value of 7.25
for Module 1 and 13.37 for Module 2. These predictions were

Table 5. Coefficients Corresponding to RSM Regression for T2

Coefficient

Module 1 Module 2

Value t-value P-value* Value t-value P-value

c0 71.03 975.23 \0.0001 74.84 1612.24 \0.0001
c1 2.67 25.92 \0.0001 1.57 23.92 \0.0001
c2 8.69 84.37 \0.0001 9.45 143.95 \0.0001
c3 �2.83 �27.47 \0.0001 �1.70 �25.90 \0.0001
c12 0.0125 0.11 0.9152 �0.0625 �0.85 0.4099
c13 0.7375 6.40 \0.0001 0.6375 8.69 \0.0001
c23 �0.4625 �4.02 0.0015 �0.1375 �1.87 0.0837
R2 0.9985 0.994
Predicated R2 0.9978 0.991
Adjusted R2 0.9907 0.9989
Lack of fit 0.1178 0.4691
Regression \0.0001 \0.0001

*P\0.001: highly significant; 0.001�P\0.01: significant; P�0.01: non-significant.

Figure 7. Contour plots for (a) JD, and (b) PR as a function of T3 and F at fixed T1 5 35�C, and for (c) JD, and (d)
PR as a function of T1 and F at fixed T3 5 80�C using Module 1.
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authenticated by experimental observations. It is necessary to
maintain a high value of PR, and meanwhile a suitable pro-
duction rate of pure water for a CEMD system in a practical
application, thus, a large area of membrane which acts as the
evaporation interface should be provided. The price of suita-
ble membrane would be a determinant for application of
CEMD process in the industrial scale.

Estimation of heat- and mass-transfer coefficients
under the operation conditions

The local heat-transfer coefficients for both hot flow and
cold flow can be calculated from the respective local Nusselt
number (Nu), which is defined as

Nuh ¼ hhdpi=kh (42)

Nuc ¼ hcddi=kc (43)

where kh and kc are the thermal conductivities of hot and cold
flow, respectively.

The flow pattern for both flows is laminar indicated by the
Reynolds number in our experimental study ranging from
29.3 to 232.5. Because the entrance length for hydrodynamic
development is far smaller than the length of two arms
where fibers were situated in the potting, calculation of Nu
is based on fully developed laminar flow. For long and thin
fibers were used, the Graetz number was about 0.04–0.57
(\ l), which means the entrance length for thermal develop-
ment is also far smaller than the fiber length, and, thus, the
thermal boundary could be considered as fully developed.
For relative small radial permeation rate, Nuh and Nuc can
be estimated as 4.0,32,41,42 which is an average of Nu ¼ 3.66
(for constant wall temperature), and Nu ¼ 4.36 (for constant
flux).

Calculation of da by the geometrical approach according
to Eq. 12 yielded a value of 4.12 � 10�4m for Module 1

and 3.63 � 10�4m for Module 2. This geometric method is
valid only for the ideal fiber arrangements as shown in Figure
3a–d. The correct da should be determined by several assumed
values that bring the numerical solutions of the ODEs to a
good agreement with the observed data. da was, thus, obtained
by this trial and error method as 4.85 � 10�4m for Module 1,
and 6.85 � 10�4m for Module 2, which are close to and in
the same order of magnitude with the value of da obtained by
geometrical method.

The local mass-transfer coefficient for porous wall, Kp,
depends on the characteristics of porous fiber and also ther-
mal conditions across the wall, which will vary in the axial
direction of the module. Kp was calculated by Eq. 29 at each
slice along the module length under different operation con-
ditions when fixing the value of s, e and rp for porous fiber
listed in Table 1. The maximum temperature difference
across the porous wall (Thp � Tpa) along the module length
was no more than 3.0�C, thus, local Kp is plotted with local
Tp in Figure 9. It can be seen that Kp for PP 150/330 is
higher than that for PP Q3/2, and both increase with the
increasing Tp. It is also evident that for a certain membrane,
Kp is only the function of Tp and almost independent of the
outside operation conditions. Compared with the reported Kp

in earlier articles, e.g., Kp ¼ 2.53 � 10�7kg/m2�Pa�s at 25�C
for PP Q3/243 and Kp ¼ 5.0–6.1 � 10�7kg/m2�Pa�s at 85–
90�C for PP 150/330,44 the calculated values agree with
them.

Experimental verification of the theoretical model
prediction

Experimental results of the steady state value of JD, T3-T2,
PR and g besides the aforementioned 20 runs were used to
verify the theoretical model. The performance indicators
with the variation of one operating variable when the other
variables were kept constant are both theoretically and

Figure 8. Contour plots for (a) JD, and (b) PR as a function of T3 and F at fixed T1 5 35�C, and for (c) JD, and (d)
PR as a function of T1 and F at fixed T3 5 80�C using Module 2.
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experimentally shown in Figures 10–12 for both modules.
The theoretical flux agreed quite well compared with the ex-
perimental ones within the maximum relative error of 6.5%.
The difference between theoretical and experimental data of
DTtop was in the range of 0.0–1.5�C; most of them were
around 0.1–0.5�C. The PR and g calculated from theoretical
values also described the observed behavior quite well. In
accordance with the previous RSM regression, the relation
between performance indicators and operating variables was
monotonic. It also can be seen in Figures 10d–12d that g

increases with the increase of T1 and T3, and F has little
effect on it. An increase of T1 has more of an effect on g
than an increase of T3. Thus, high PR usually means high-
evaporation efficiency.

In some experimental points, there was an obvious differ-
ence between the experimental and theoretical values for PR
and g, e.g., for Module 2 the model predicted a higher PR of
18.3 than the experimental one of 13.8, and a lower g of
0.876 than the experimental one of 0.949. There are two rea-
sons for a prediction of higher PR and lower g: one is that
PR mainly depends on DTtop. When a high PR is obtained,
the value of DTtop is quite small, such as 2-3�C. Even if a
small observed error of 0.2–0.5�C happened, it would cause a
relative error as high as 20% for calculation. The other reason
is that possible heat loss to the relative cold surrounding that
is not accounted for in the previously described model.
Although both modules were well insulated in the experiment,
they were still not ideally adiabatic. Especially under a small
circulation rate, high temperature of feed-in and potential
large heat-exchanging area to the surrounding, the amount of
heat loss would be inevitably enlarged. As shown in Figure 4,
if the heat loss exists, when the heat is being transferred
across the air gap, an amount of the heat would go to inside
surface of the shell either by conduction or vapor condensa-
tion driven by temperature difference. When considering the
heat loss, the governing Eq. 16 should be changed into

Cp;l
dðWfTf Þ

dz
¼ dðQh � Qc � QlossÞ

dz
¼ ðqh � qc � qlossÞ � Np � 2prpi

(44)

It is very difficult to measure Qloss. Suppose Qloss ¼ 3%Qh,

and the lost -heat-carrying vapor was totally condensed,

Figure 9. Kp vs. Tp at three operation conditions using
two membranes.

Operation condition 1: T1 ¼ 25�C, T3 ¼ 90�C and F ¼
16 L/h; operation condition 2: T1 ¼ 25�C, T3 ¼ 90�C
and F ¼ 48 L/h; operation condition 3: T1 ¼ 45�C, T3 ¼
70�C and F ¼ 32 L/h.

Figure 10. Experimental and theoretical values of (a) JD, (b) T3–T2, (c) PR, and (d) g with T1 under F 5 32 L/h at T3

5 70�C and T3 5 90�C using both modules.
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Table 6 shows the comparison of the experimental data, theo-
retical ones with and without considering heat loss. It can be
seen that the model when considering heat loss describes well
the experimental data. From Table 6, heat loss did decrease

PR and increase nominal g that was calculated by Eq. 11,
which is different from the actual one that should be calcu-
lated by Eq. 10. As mentioned in the previous section, due to
heat loss, DTtop became larger than DTbottom, which was in

Figure 11. Experimental and theoretical values of (a) JD, (b) T3–T2, (c) PR, and (d) g with T3 under F 5 32 L/h at T1

5 25�C and T1 5 45�C using both modules.

Figure 12. Experimental and theoretical values of (a) JD, (b) T3–T2, (c) PR, and (d) g with F under T3 5 90�C at T1 5
25�C and T1 5 45�C using both modules.
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accordance with the experimental observation. For the envi-
ronment acts as another cold side when heat loss exists, the
experimental flux was higher than the theoretical one without
heat loss. These results showed that 3% heat loss would lead
to nearly 30% decrease of PR. In a practical application, well
insulation of the whole system should be guaranteed.

Effect of operating variables on axial temperature and
flux distribution

The effect of T1, T3 and F on the flux and temperature
drop along the module length is elucidated in a local view,
as shown in Figure 13a–c. The temperature drop in both hot
and cold flow and also the flux are much larger at the upper
part of the module than that at the lower part of the module,
which means that a large proportion of heat and mass trans-
fer occurs at the upper part. This is mainly owing to the rel-
ative high level of Th, which is kept at the upper part. Both
high Kp and Ka are achieved at high Th. Additionally, the
overall driving force, i.e., pw,hp-pw,af, depends on not only
the temperature difference (Th –Tc), but also on the tempera-
ture level of the hot side (Th).

As shown in Figure 13a, the local flux obtained at z ¼
0.62 m (the bottom of Module 1) at 25 and 45�C would be
nearly equal, although Th –Tc at 25�C is larger than that at
45�C. Thus, high Th may more or less offset the effect of a
small temperature difference on the flux. This also explains
that by lifting Th –Tc why the effect of increasing T3 is
much stronger than that of lowering T1 on the flux, as shown

in Figures 10a and 11a. Change of the flow rate would affect
the axial temperature distribution, as shown in Figure 13c.
At a smaller F which means more resident time for heat and
mass transfer, Th –Tc becomes smaller and Th decreases
quickly, which leads to a much lower flux but a higher PR.

Resistance analysis to radial heat and mass transfer

The actual driving force in CEMD arises from temperature
difference between Thp and Taf, which is smaller than the
bulk temperature difference between Th and Tc. This phe-
nomenon could be described using a temperature polariza-
tion coefficient (TPC), which is defined as

TPC ¼ Thp � Taf
Th � Tc

(45)

Table 7 shows the summary of radial heat- and mass-
transfer coefficients for both modules under the operating
condition of T3 ¼ 80�C, T1 ¼ 35�C, and F ¼ 32 L/h. From
Table 7, it can be seen that hh for Module 2 was larger than
that for Module 1 owing to a thinner porous fiber used. hc
ranged from 6579.1–7012.9 W/m2��C, which was in accord-
ance with the results studied by Song et al.45 The mass-
transfer resistance in the air gap (1/Ka) occupied the total
mass-transfer resistance (1/Kp þ 1/Ka) around 26.9% for
Module 1 and around 35.5% for Module 2, respectively.
Thus, compared with the air gap, the porous wall is the main
resistance for mass transfer. Figure 14 shows the calculated

Table 6. Comparison of Experimental, Theoretical Results with and without Considering Heat Loss

Operation Condition JD (L/m2�h) T2 (�C) T4 (�C) DTtop (�C) DTbottom (�C) PR Nominal g Actual g

A* (Experimental) 1.85 87.10 46.90 2.90 1.90 13.8 0.949 n.d.‡

A (Theoretical, 3%†) 1.82 86.99 46.70 3.01 1.72 13.1 0.938 0.907
A (Theoretical, 0%) 1.74 87.94 47.19 2.06 2.19 18.3 0.876 0.876
B** (Experimental) 0.93 67.90 46.70 2.10 1.72 9.7 0.891 n.d.
B (Theoretical, 3%) 0.96 67.985 46.60 2.01 1.61 10.4 0.914 0.885
B (Theoretical, 0%) 0.92 68.47 46.59 1.53 1.58 13.1 0.876 0.876

*Operation condition A: T1¼45�C, T3¼90�C, F¼16L/h.
**Operation condition B: T1¼45�C, T3¼70�C, F¼16L/h.

†Heat loss percent in Qh.
‡Not determined.

Figure 13. Axial temperature and flux profiles under different operation conditions: comparison (a) between T1 5
25�C and T1 5 45�C at T3 5 80�C and F 5 32 L/h; (b) between T3 5 70�C and T3 5 90�C at T1 5 35�C
and F 5 32 L/h; (c) between F 5 16 L/h and F 5 48 L/h at T1 5 25�C and T3 5 90�C using Module 1.
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radial temperature profiles based on the theoretical model
without heat loss at the first and last slice of both modules at
the same aforementioned operating condition. The temperature
change in the radial direction is indicative of heat-transfer re-
sistance. Since the heat-transfer coefficient for the air gap is
the lowest, the temperature drop in the air domain (Tpa –Taf)
is the highest. Tfd –Tdc was about 2.5-fold of Tdc –Tc as
shown in Figure 14, because the heat-transfer coefficient of

the boundary layer of the cold side is about 2.5-fold of that of
the dense wall, which indicates that the dense wall resistance
is primarily controlling when nonporous PP hollow fibers are
used as an internal heat exchanger for recovery of latent heat.
As the amount of transported heat and mass is larger at the
upper than that at the bottom, TPC at the first slice (0.57 and
0.63 for Module 1 and 2, respectively) is smaller than that at
the last slice (0.83 and 0.89 for Module 1 and Module 2,
respectively). hf for the thickest condensed film at the last
slice remains as high as around 104 W/m2��C, which only
results in a temperature drop (Taf –Tfd) of at most 0.1�C.
From Figure 14, to make TPC get close to 1.0, it is necessary
to enhance hh and hc, such as by reducing the porous fiber di-
ameter and the thickness of boundary layer, and meanwhile
also to enhance the heat-transfer coefficient for the dense wall
such as by increasing the thermal conductivity of materials or
further reducing the dense wall thickness.

Effect of module parameters on system performance

Module parameters mainly include the thickness of air
gap (da), the number ratio of porous fibers to dense-wall
fibers (Nd/Np), and the length of module (l). With the help of
theoretical model, taking Module 2 under the constant oper-
ating condition of T3 ¼ 90�C, T1 ¼ 45�C and F ¼ 16 L/h as
an example, the effect of da, Nd/Np and l on flux is shown in
Figure 15a–c and that on PR and g is shown in Figure 16a–c.
When one parameter is changed, the other two parameters are

Table 7. Comparison of Radial Heat and Mass Transfer Coefficients between Two Modules*

Region Heat or mass transfer coefficients Module 1 Module 2

Boundary layer of hot side hh, W/m2��C 4247.3–4466.4 7661.9–8120.8
Porous wall kpe/rpiln(rpo/rpi), W/m2��C 414.36 728.25

Kp, kg/m2�Pa�s (2.934–3.761)�10–7 (3.615–4.777) �10–7

Air gap ka/da(rpo/rpi), W/m2��C 96.22 78.04
Ka, kg/m2�Pa�s (7.02–11.67) �10–7 (5.54–10.20) �10–7

Distillate film hf, W/m2��C 13163–86229 13930–103620
Dense wall kd/rdiln(rdo/rdi), W/m2��C 2703.5 2703.5
Boundary layer of cold side hc, W/m2��C 6579.1–6980.7 6578.6–7012.9

*Operating condition: T3 ¼ 80 �C, T1 ¼ 35 �C and F ¼ 32L/h.

Figure 14. Radial temperature profiles at the first and
last slice within both modules under the
operating condition: T3 5 80�C, T1 5 35�C
and F 5 32 L/h.

Figure 15. Effect of (a) da, (b) Nd/Np, and (c) l on JD under the operating condition of T3 5 90�C, T1 5 45�C and F 5
16 L/h using Module 2 by theoretical model.
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kept constant as the original value shown in Table 1. There
exists an optimal da for JD, around 1.5 � 10�3m. Air gap is
efficient in preventing heat conduction and keeping large
radial temperature difference, thus, with the increase of da,
PR gradually decreases and g increases, but the mass-trans-
fer resistance also increases. As mentioned previously, at
original da ¼ 6.85 � 10�4m, the air gap is not the main re-
sistance for mass transfer, thus, a further increase of da
(\1.5 � 10�3m) will increase the flux. Increase of Nd/Np

from 1.5 to 8.0 has little effect on JD and g, but PR
increases by 18.0%. Large surface area for condensation is
beneficial for heat recovery. The length of module has a
strong effect on both JD and PR. g slightly changes with l.
Increase of l from original 1.07 m to the supposed 2.0 m
will enhance the PR from 18.3 to 33.9, and the flux will
decrease from 1.74 L/m2�h to 1.17 L/m2�h. According to
Hagen-Poiseuille equation, the inlet pressure of the porous
fibers will also increase about twofold of original one, so a
proper length should be chosen to avoid membrane wetting.
In a practical application, due to the complexity of the
module configuration, especially for large-scale module fab-
rication, maldistribution of hollow fibers which leads to a
large thickness of the air gap may result in bad perform-
ance. Thus, well controlled module parameters are vital for
the system performance in the industrial scale.

Application of CEMD for concentrating the dilute
sugar solution

As previously mentioned, flux-PR trade-off exists when
choosing the proper operating conditions. Therefore, deci-
sion-making of process parameters should be fully consid-
ered in the real needs. Usually, the typical temperature for
cellulase hydrolysis is around 50�C. Considering the required
time for concentration, a proper flux is also necessary. Thus,
Module 2 was used under the condition of T3 ¼ 90�C, T1 ¼
45�C, and F ¼ 32 L/h. The results of concentration, DTtop,
JD and PR evolution with time are given in Figure 17a–b.
During the concentration, the distillate water was of good
quality and no sugar was detected. It took nearly 6 h to
obtain nearly 9.8 L of pure water, and the final concentration

(143.3 g/L glucose and 70.3 g/L xylose) was around 12
times of the initial one, which could be efficiently fermented
to ethanol with a suitable concentration for the following pu-
rification. It was observed that at the end of the concentra-
tion, DTtop was increased by about 0.5�C, and the flux was
slightly decreased by 8.1% from 3.33 L/m2�h to 3.06 L/m2�h.
PR was, thus, decreased by 10.9% from 9.20 to 8.20. The
two inlet pressures were also increased by about 1.65-fold
since the viscosity of feed increases with concentration.

Figure 16. Effect of (a) da, (b) Nd/Np, and (c) l on PR and g under the operating condition of T3 5 90�C, T1 5 45�C
and F 5 16 L/h using Module 2 by theoretical model.

Figure 17. (a) Concentration and DTtop, and (b) flux and
PR evolution with time during concentrating
the dilute aqueous solution with initial con-
centration of 12 g/L glucose and 6 g/L
xylose using Module 2 under T3 5 90�C, T1

5 45�C and F 5 32 L/h.
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In hollow fiber-based membrane distillation for laminar
flow, the effect of viscosity at a concentration below 40 wt
% on heat-transfer coefficient in the lumen side of both
fibers, and the concentration polarization could be
neglected.46 Decline of flux and PR during concentration
would mainly attribute to the change of the physical proper-
ties of the feed such as water activity, heat capacity, thermal
conductivity and density. Properties of final aqueous solution
with a total sugar concentration of 211.6 g/L were esti-
mated,46,47 which was compared with that of pure water:
heat capacity decreases from 4,200 J/kg��C to 3,800 J/kg��C;
water activity declines from 1.000 to 0.975; thermal conduc-
tivity decreases by about 10%, and the density from 1.00 g/
L increases to 1.06 g/L. Figure 18a and b shows the effect
of these physical properties on the flux, and DTtop in light of
the theoretical model. It can be found that a small reduction
of water activity causes small flux decay, but increases DTtop

greatly (comparison between A and B); reduction of heat
capacity which leads to fast axial temperature drop greatly
reduces flux and decreases DTtop slightly (comparison
between B and C); decrease of thermal conductivity which
would to some extent increase the thickness of the boundary
layer has a limited effect on flux decay and an increase of
DTtop (comparison between C and D); increase of density
which leads to slow axial temperature drop enhances JD and
increases DTtop. Because of the decline of flux and the
increase of DTtop, and also decrease of heat capacity, PR
was predicted to decrease by about 11.3%, which reasonably
explained the experimental data.

Concluding Remarks

A CEMD process based on hollow fiber AGMD module
with internal latent-heat-recovery was successfully devel-

oped, and performance of two CEMD modules made from
different commercial porous fibers was both experimentally
and theoretically demonstrated. This article led to the follow-
ing statements:

1 High value of PR and high selectivity were shown
experimentally in the laboratory-scale of developed proc-
esses, which proves that CEMD process has its potential to
be energetically competitive with other thermal or membrane
processes for future application in the industrial scale.

2 The theoretical model in light of governing transport
equations could be used to describe the effect of operating
variables, module parameters and also physical properties of
feed-in on process performance, such as flux, performance
ratio and evaporation efficiency. The model accuracy was
verified by the experimental observations.

3 Both RSM regression and theoretical modeling
revealed that like other processes with heat recovery, there
existed a tradeoff between flux and PR.

4 The theoretical model predicted possible ways to
obtain a much higher PR, such as good insulation, high-
operating temperature, selection of porous fiber with high
mass-transfer coefficient, increase of module length, reduc-
tion of the thermal resistance of dense wall, and also the
boundary thickness, and so on.

5 Dilute aqueous sugar solution was successfully con-
centrated about 12 times by using CEMD process. With the
increase of sugar concentration, flux and PR decreased to
some extent, but at the final stage, flux and PR (as high as
8.20 in this study) were still appreciated.
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Notation

Cp,v ¼ specific heat capacity of water vapor, 1876 J/kg��C
dp ¼ average pore size of porous wall, lm
g ¼ ¼ 9.81 m/s2

ka kd kp ¼ thermal conductivity for the air filled in the pores,
0.28 W/m��C, the solid polymeric matrix,0.17 W/
m��C, and the dense wall,0.12 W/m��C

Ka Kp ¼ mass-transfer coefficient for air gap and porous
wall, kg/m2�Pa�s

Mw ¼ water molecular weight, 0.018 kg/mol
p0 pw ¼ total pressure, 101325 Pa and water vapor partial

pressure, Pa
pw,d ¼ water vapor partial pressure at the location of d,

Pa
pw,pa pw,af ¼ water vapor partial pressure at the interface

between porous fiber and air gap, between air gap
and distillate film, Pa

Qc Qh ¼ absorbed heat amount into the dense-wall fibers
and released heat amount from the porous fibers at
any location, J/h

r ¼ distance from center of porous fiber, m
r
0 ¼ distance from center of dense-wall fiber, m

rdi rdo ¼ inner and outside radius of dense-wall fiber, m
rpi rpo ¼ inner and outside radius of of porous fiber, m

R ¼ gas constant, 8.314 J/mol��C
Tc Tf Th ¼ temperature of cold feed, distillate film and hot

feed at any location, �C
Thp Tpa Taf Tfd Tdc ¼ temperature at the interface between hot flow and

porous fiber, between porous fiber and air gap,
between air gap and distillate film, and between
distillate film and cold flow at any location, �C

Tr Td ¼ temperature of water vapor at the location of r and
d, �C

Wc Wf Wh ¼ mass flow rate of cold feed, distillate film and hot
feed at any location, kg/h

Figure 18. Effect of properties of final aqueous sugar
solution compared with pure water on (a)
flux, and (b) DTtop by theoretical model.

A: Pure water; B: Effect of water activity; C: Com-

bined effect of water activity and heat capacity; D:

Combined effect of water activity, heat capacity and

thermal conductivity; E: Combined effect of water ac-

tivity, heat capacity, thermal conductivity and density.
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z ¼ distance from the top of the module, m
b0 c0 ¼ intercept
bi ci ¼ linear coefficient
bii cii ¼ squared coefficient
bij cij ¼ interaction coefficient

d ¼ distance from the interface between the outside
surface of porous fiber and the air gap, m

e ¼ porosity
s ¼ tortuosity factor for porous fiber
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